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Design of Advanced Process Controllers

This paper deals with defining the relation between modeling of process units

Z. ). PALMOR

and controller design. In the process industries, it is often difficult to obtain
accurate process models. It is shown that advanced algorithms such as dead-time
compensators require more detailed process information for design than do with
PI and PID controllers. A method is described to systematically evaluate the
relation between process identification and controller design, stability, and per-
formance. It is shown that conventional gain and phase margins do not provide
proper safety margins for dead-time compensators and optimal controllers.
Methods for safe design of dead-time compensators are derived, and the approach
could be useful in a wide class of problems.

To illustrate the approach presented, the design of PI controllers by conven-
tional methods is analyzed. The conditions, as well as the exceptions, are specified
in which methods such as described by Ziegler and Nichols or Cohen and Coon will
give good results. It is. shown that for any stable nonlinear system with an
input/output function y = G%(u), a linearized design function G,4 can be con-
structed and identified that guarantees stability and reasonable performance of
the controller (Eqs. 21 and 22 and Figures 4-7) over a wide range of operating
conditions. A rigorous framework for identifying the exceptions and understand-
ing the reason why such methods work is presented.
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The paper deals with a fundamental problem of chemical
engineering design, the relation between the quality of the
information required for a specific design and the performance
of the system. Chemical process units are normally nonlinear
systems, the exact mathematical description of which is com-
plex and difficult to obtain. We therefore have to ask ourselves
what is the type and accuracy of information really required for
a specific design problem and how much will better information
pay off in increased performance. Here, we try to approach
this question for continuous controllers with a single measured
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and manipulated variable, starting with simple PI controllers
and then looking at control loops incorporating a dead time
compensator.

The emphasis is not on tuning recipes, but on trying to
understand how strongly simplified linearized models permit
design of controllers for nonlinear complex systems and to
define the quality of the information required for design in a
rigorous way. The approach taken uses the concept of model
space defined in a previous paper. It is explained in detail with
a few examples and related to present methods of controller
design. It should be a useful tool in 2a number of other applica-
tions in chemical reactor design as well as in the design of
control systems in general.
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CONCLUSIONS AND SIGNIFICANCE

To contribute appreciably to system performance, advanced
controllers, like those derived from optimal control algorithms,
require a much better identification of G* than do simple
controllers. As an example, the dead-time compensator that
appears in any optimal control algorithms dealing with a pro-
cess having inherent delays is discussed. Process models of this
type are noninvertible, non-minimum-phase functions. One of
the features of optimal algorithms is that the controller con-
tains an inversion of G, 4, which makes sense, since for inverti-
ble transfer functions K/ G, is an excellent controller. How-
ever, even for noninvertible process models, the algorithms
contain the equivalent of inversion (see Figure 3b). The al-
gorithm uses strong control action whenever the phase lag of
G,G. equals multiples of 27. As the phase lag is not known
accurately for high frequencies, such strong control is not used,
but rather what is known about G¥% is relied on.

It is shown that, for optimal controllers, phase and gain
margins give no indication of the stability margin (or robust-
ness) of the controller. It is also shown that the type and quality
of information about G% that is required to achieve a better
performance of the controlled system can be specified exactly.

This is accomplished by defining a set of linear transfer func-
tion G, that bound the real linearized response within a speci-
fied range of frequencies. A similar set can be used to charac-
terize the nonlinear behavior of the system. Using this ap-
proach, the dead-time compensator can be modified to give
satisfactory performance.

Finally, the approach presented here is related to stability
analysis using sensitivity to parameter variation, and it is
shown that the results are similar but that the method under
discussion allows a quantitative definition of the parameter
space over which the system should perform satisfactorily. It
also defines the minimum complexity of the process model
required. In summary, it is shown that there is a systematic
way of comparing simplified and complex models, and it is
possible by simulation to judge the merits of more detailed
process information for the purposes of controller design. It is
shown that for successful advanced controller design, one must
take into account the knowledge one possesses about the system
which is different from case to case. It is also shown that the
main reason straightforward application of optimal design
methods sometimes fail is that the identification and modeling
procedures are incompatible with the design method.

INTRODUCTION

Many industrial processes contain inherent delays (or dead
times) between the effect of process inputs on outputs. If such
delays are large, effective control of the process is difficult to
achieve. One good way of improving control in such cases is to
use a dead-time compensator (abbreviated DTC), also known as
a Smith predictor (O. Smith, 1959). Such a predictor is in some
form the inherent result whenever one applies a minimum-
variance optimization algorithm to a process having a delay (or
dead-time in our terminology, abbreviated DT) (Palmor and
Shinnar, 1978, 1979; Palmor, 1980a). It can be very effective
(Alevisokis et al., 1974; Palmor and Shinnar, 1978, 1979; Lupfer
and Oglesby, 1961; Nielsen, 1969; Meyer et al., 1977), but it is
far less commonly used than its performance merits. One possi-
ble reason for its infrequent use might be the difficulty of prop-
erly adjusting the controller (Palmor and Shinnar, 1979; Ross,
1977). The DTC eliminates the DT from stability consideration,
and consequently users may tend to adjust the controllers
coupled with the DTC by conventional techniques (O. Smith,
1959; Alcvisakis et al., 1974; Lupfer and Oglesby, 1961;
Donoghue, 1977; Ross, 1977; and others) as if the DT did not
exist.

Thisleads in many cases, and especially when the DT islarge,
to unsatisfactory performance of the controlled system. The
main reason for this inadequate performance is that dead-time
compensators are sensitive to differences between the behavior
of the process model assumed and that of the real process
(Buckley, 1960; Palmor and Shinnar, 1978; Palmor, 1980a,
1980b). This is a common problem in many optimal design
algorithms (Edgar, 1976). In the following discussion a coherent
design strategy for applying such controllers will be derived.
The emphasis is not on giving a straightforward recipe for tun-
ing, which will be presented in a following paper, but rather on
developing an understanding of the design method itself. The
DTC is used as an example that illustrates a powerful method for
the design of complex process controllers in general. Efficient
design of advanced controllers depends strongly on understand-
ing the quality of information required for a specific design,
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The quality of the information known or that can be obtained
for a given process changes from case to case. For a successful
design the more complex and efficient the design method, the
better the understanding needed of the nature and quality of the
information about the process. It is the relation between the
quality of information required for an advanced design proce-
dure and the incremental improvement in performance that is
considered here.

Structure of Dead-Time Compensators

Let us start by reviewing the derivation of a DTC and discus-
sing the cause of the difficulties in designing it. Consider alinear
process having a transfer function G,(s) of the form:

y(s)

Guls) = )

= Gpls)e™ 1)

where G,,,(s} is a fumped parameter function, y(s) is the output,
u(s) is the manipulated variable, and 6 is the DT. If 8 is of the
same order of magnitude as the dominant time scale of G, (s), the
permitted gain of any controller is strongly reduced. For exam-
ple, if we make a change in the set point, the output sensor will
not respond until a time 6 has elapsed.

H we chose alarge gain for the controller, we will continue to
change u and overcorrect. One way of overcoming this limita-
tion would be to build a predictor that computes the effect of the
control action that has been taken during the interval 8 and
deduct it from the measured error being transmitted to the
controller. If the basic controller has the form G,.(s), without a
DTC the control action u(s) is — G..(8)y(s). If we deduct from y(s)
the effect of u(s) during the delay, we get

u(s) = —GrolsKyls) — uls) G}l — e} @)
which can be written
Cuis) = ) Crols) (2a)

e(s) 1 + Geols)G (s}l — e™*%)
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Equation 2a is presented schematically in the diagram in
Figure 1. The term “predictor” might be clearer from an equiva-
lent representation of the feedback scheme described in Figure
1, which is given in Figure 2. We can look at any control
problem, especially of a system with a DT, in the following way.
If we introduce a control action now, it will be felt in the future.
Let us now, at time t, look at a future point in time ¢t + At. If the
DT is 6, then the only time we can affect the output is for values
of At larger than 6.

Based on the previous history of the process and knowledge of
the disturbance, we can try to predict what the values of the
output variable y would be if no control action is taken. We often
have a reasonable idea about the time scale and nature of the
disturbance affecting a process, and we can therefore try to build
a predictor for y(t) for values of At greater than 8. We can now
formulate a control policy u(t) that will hold y(¢) at time ¢ + At at
some desired value. Two predictions are matched here: One for
the output in the absence of any control, y, (£ + A¢); and one for
the result of the policy u(t) on the output, y»(t + At). Since any
such estimation uses the past history of y(t), it is completely
equivalent to a feedback controller, which also acts on the
system based on the past values of y(t).

Instead of formulating a control strategy G, (or controller
transfer function), we formulate the structure of a predictor for
future y(z) based on the history of y(t) and n(t). This is very useful
as it relates G. to both the nature of the inputs and the con-
straints of a real process. This relationship was discussed in
detail by Palmor and Shinnar (1979) for sampled data processes,
and the conclusions apply equally well here. The reader is
referred to this work for a more detailed discussion.

There is one conceptual difference between the approach in
Figure 2 and the standard concept of feedback control. The
control policy presented here is based not only on the history of
y(t), but also on the history of u(t). In trying to match the two
predictions, the procedure must include all previous actions
that will affect the process at time ¢ + A¢. As any action taken
during the time interval (t — @, t) has had no effect on y(t), the
concept of taking into account past control actions that have as
yet not affected y(t) was added to the standard feedback strategy.
This leads automatically to the scheme given in Figure 1. In that
sense, a dead-time compensator is also a predictor. It will there-
fore automatically appear in any optimal control policy based on
schemes that are represented in Figure 2, in which G, contains a
delay.

Now let us look at the closed-loop transfer function that is
obtained from such a controller. The overall transfer function
from y to ris:

yis) _  Geals)Guls)e™
r(s) 1 + Gio(s)Gyols)

3)

Note that while the response of the system still contains the
delay, the characteristic function does not. This might lead to
the conclusion that one can chose and tune a controller using
only G,,(s) (O. Smith, 1959; Alevisokis et al., 1974; Donoghue,
1977). This inference is misleading. If we follow this argument to
its logical conclusion, if G,(s) is invertible we could choose a
controller G.(s) = K./G,(s), and we would end up with a charac-
teristic equation, 1 + K, thatis stable for any K... It is well known
that such arguments are not allowed (for example, Rosenbrock,
1974; Ragazzini and Franklin, 1959).

The mathematical description of a practical industrial process
will normally be highly complex and in most cases nonlinear.
G is designated as the real model of the process, with G, its
linear approximation. In most cases a simplified approximation
of G, is used, which will be designated G,q. However, always
remember that although G, is clearly defined, G, and G7% are
often not completely known, since theoretical modeling as well
as empirical identification procedures have their limitations.

Even with these limitations, the form of G, that results from
theoretical modeling is often too complex for control design
purposes, and theretore approximated torms are used for Gpq

(Gould, 1969; Koppel, 1968).
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G, (Overall Controller)

| Ggold) uit) yh_

Gp(s)

Primary Controiler Process
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Figure 1. Closed-Loop System with a Dead-Time Compensator

Dradictad
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+ Output
_ y(t+a
Predicted OQufput
Control Action Process (Due to Control)
at fime t Model ¥ (t +at)

Figure 2. Interpreting the Control Problem as Matching Two Predictions

Assume that G, can be written in the simpleform given in Eq.
1(G, = Gp,(s)e7%) but G,,, # Gpa.- If we recompute Eq. 3, we
get

y(s) Geols)G(s)

T O O R e e o

Even though the delay is assumed to be known exactly, the
characteristic equation still contains the delay term, since G,
and G,q4, are not the same. Though we cannot demand a con-
troller to be totally insensitive to such differences, we must
require that it not be oversensitive to the exact form of G, and
allow for some differences between G,, and Gj,.

In reality the relation between G,q and G, is even more
complex, and this relationship will be discussed later. Even if
the real delay is slightly different from our estimate (8’ # 6)
(while the structure and the other parameters match exactly,
Eq. 4 becomes:

y(S) - G(‘,,(S)Gl',(s) (5)
r(s) 14 G (8)Guiis)(1 — e + 79

Note that though Eq. 3 did not contain the delay in the charac-
teristic equation, both Eqgs. 4 and 3 do.

Before going to the stability analysis, it will be useful to
elaborate the concept of inversion of a transfer function.

Inversion can appear in several forms. A transfer function G,
is called invertible if it is minimum phase. A transfer function
containing a delay does not have a physically realizable inverse,
at least theoretically. However, one can design physically
realizable control algorithms that eliminate the delay from the
characteristic equation. A similar case of eliminating terms from
the characteristic equation appears in multivariable controller
design. For example, the concept of noninteracting control is
based on the fact that control circuits can be designed that
minimize (or theoretically eliminate) the interaction between
control loops. Thus, for example, if plant outputs Y are related to
the manipulated variables U by:

Y(s) = Guls) Uls)

where Y and U are vectors and G,(s) is a transfer matrix, a
noninteracting controller G, can be designated by choosing

Gels) = Gu(s)™'K(s)
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Figure 3. a. Bode Plots for Controller (7) with Different Gains b. Open-
Loop Frequency Responses for Process (6) and Controller (7)

where K(s) is a diagonal matrix of transfer functions. Although
specific design methods of multivariable controllers are outside
the scope of this paper, in many cases they involve an inverse
matrix of the process transfer-function matrix G(s). To get
diagonal matrices, compensation loops must be introduced that
cancel terms in the elements of G,(s). The problems here are
similar. G, must be checked to see if it is invertible. If not, most
modern design methods are able to handle noninvertibility in
some way.

But, in all cases, terms of the characteristic equations are
eliminated, and thus a wrong picture on the stability of the
system can result. Inversion of the transfer function is a valuable
tool to get a good controller design, but a method to judge
stability is needed. In the following section such a method for a
simple example of a single-input, single-output system is de-
vised. The general approach should, however, also be valid for
more complex and multivariable systems.

STABILITY ANALYSIS OF CONTROLLER WITH DTC: CONCEPT
OF INVERSION

The lack of the time delay in the characteristic equation (Eq.
3) is equivalent to the inversion of an invertible transfer func-
tion. In some sense optimal control algorithms are able to invert
a noninvertible transfer function in an intelligent way. Let us
consider the case where:

1

G =—
bd 1+ 75

e—es (6)
which is a stirred tank (or first-order filter) with a DT. The
process gain here has been normalized to unity. In this case G4,
is invertible and the only noninvertible part of G4, is the delay
(DT).

For this example the controller is a PI controller [G,,(s) =
K.(1 + 1/7s)] coupled with a dead-time compensator. (Note that
the integral time chosen is equal to 7.) The overall controller
transfer function is:

K.(1 + 1/(rs))
T T KA T Vs — e ™ims + 1)
K.(1 + 7s)

ey 5 e

Gels) =

Equation 7 can be derived by solving the unconstrained
minimum-output variance problem for a controller acting on
Eq. 6 with a certain type of nonstationary noise (Palmor, 1980a;
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Palmor and Shinnar, 1979). The geneml form of this type of

controller for a system with G,(s) = G,,(s)e™® is:
— (9 I)U( ))
R o Tame) Keme e
The closed-loop transfer function from y to r is therefore:
ys) _ Ko,
r(s) s + K, € ©)

Note that K, can be chosen to be aslarge asdesired. Even if K.
—  the controllers given by both Eqs 7 and 8 appear to have a
finite gain, since for K. — « G.(s) in Eq. 7 reduces to:

1+ 78
~5s

Gefs) = (10)

1l —e
K, — x

and G.(s) in Eq. 8 to:
11

K, — o«

For both Egs. 10 and 11, Eq. 9 becomes:

y(s) os
o —e (12)

K.—

which for 8 — 0 simply gives y(s) = r(s), or perfect control, as
would be expected for an invertible transfer function with a
properly chosen controller. As the controller is a physically
realizable transfer function, it of course cannot eliminate the
delay from the overall response. In fact, it eliminated from the
overall transfer function only the invertible part of G,4. But, the
problems faced in the design of this controller are exactly the
same as if G,q itself would be invertible. Still, a very large K.
should not be chosen as we do not rely on the fact that G, cancels
all the poles and zeros of G,,. In other words, it is recognized that
Goa # G

The problem here is the same. In terms of stability analysis
the DTC eliminated the delay from the characteristic equation.
If the function is invertible, the algorithm allows infinite gains at
all frequencies. For a noninvertible function it uses a very high
gain for those frequencies at which it is safe to do so and a low
gain at the frequencies for which a large gain would lead to
instability. This can be illustrated by considering the Bode
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diagram of G,G.{jo) (see Figures 3a and 3b). For the example
given here G,G(s) is simply:

1 K1 + 7s)e™®

CrGels) = 1+71s 7s + K1 —e%)
Kee™ (13)
e S
and for large K.(K. = «) reduces to:
GuGo(s) = e7%(1 ~ e %) (13a)

K. —

Rewritten in terms of magnitude and phase angle, Eqs. 10 and
13a become:

Gl = VITF 7 [(2hsin(S2)]) 040
b = tan-Yrw) — w2 + _; R{fw} (14b)
and
comi- LS
sy = —m2 — _; R{6w) (15b)

respectively, where R{a} denotes a residue of @ modolu 2a.

Equation 14b indicates that G .(s) in Eq. 10 gives considerable
phase advance. Using Eq. 15b the phase crossover frequencies,
., at which ¢, = —(2n + 1) m, may be determined. The
result:

R{bw.} = m
The amplitude ratio at these frequencies is thus:
|G.GLjo.) = 1/2 (16)

Similarly, the gain crossover frequencies, o, for which
|G.G,(jw)| = 1, may be easily found from Eq. 15a to be:

R{fw,} = 7/3
The corresponding phase lags are:
Pienpliwy) = —27/3 (17)

Equations 16 and 17 indicate that the closed-loop system with
the controller (Eq. 10) has a gain margin (designated g m.) of 2
and a phase margin (designated p.m.) of 60°. On the other hand,
itis evident from Eq. 15a that |GG, (jo)| becomes infinite at the
frequencies;

R{bw.} = 0

which are located at the maximum distance possible from the
various phase crossover frequencies, @,

The g m. and p.m. given above have been derived for the PI
plus DTC controller in Eq. 7 with infinite gain. In the appendix
itis proven that these properties hold for any controller given by
Eq. 8 and that for finite gains the g.m. > 2 and the p.m. > 60°.
The fact that the DTC acts like a lead network and might have
infinite amplifications has also been noted by Astrom (1977).

If G, were really equal to G4, it would be an ideal controller.
Let us go back to the invertible case. If G, is invertible then by
choosing G = K./G,q, 96, has been made equal to zero for all
@. There is therefore no need to worry about crossover frequen-
cies and any K. may be chosen. In the case of the type of
noninvertible function considered here, this cannot be done
becaunse the phase lag decreases continuously with @ and will
attain a value of ~(7 4+ 2n7) an infinite number of times. The
controller specified does the best that can be done. It puts all the
strong control action at frequencies that have phase lags far from

It does so while still keeping a proper phase and gain margin.
But it can be immediately seen that this action is meaningless. If
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there is only a slight mistake in 8, then for high frequencies the
peak in |G,G,(jw)| will occur at a different phase lag. Not only is
perfect knowledge of the DT, but also of G,,(s), assumed here.
Exactly the same illusion of stability is present here as when the
term 1/G,q in G, is included for an invertible transfer function.
This is a problem common to many optimal control algorithms
with or without delays, single or multi-variable, using a stochas-
tic design approach (Palmor and Shinnar, 1979) or a determinis-
tic formulation. Such algorithms will often include indirect in-
version even if the transfer functions are noninvertible. Proper
optimal methods avoid this problem and lead to realizable con-
trollers.

However, the algorithm makes use of the information con-
tained in G, in a way that is somewhat similar to inversion of an
invertible function. Phase margins are here meaningless as can
be seen from the example and the Appendix. For an infinite K.
the slightest deviation of G, from G,.4 would make the system
unstable, but the design still shows the proper phase and gain
margins. There are several ways of overcoming this instability.
For example, K, can be reduced. Figures 3a and 3b, give the
Bode diagram of both G..(s) and G, G.(s)for different values of K.
An optimal algorithm can also be formulated thatleads to exactly
this type of controller. (See Eq. 8 and Palmor, 1980b.)

For finite values of K. the peaks of |G.(j®)| and |G,G.(jo)|
decrease as ¢ increases. |G,G.(jw)| will always have an infinite
peak at @ — O regardless of K,.. This peak is due to the inclusion
of an integrator in G.(Egs. 7 and 8). A high value of |G, (jw)| and
|GG (jw)| for @ —0 is a requirement for any controller. If K. is
reduced enough, |G,G.(jw)| will not show any additional peaks
that exceed unity. There are a number of other ways to deal with
this problem. For example, we can demand that the controller is
reasonably insensitive to parameter variation (Kestenbaum et
al., 1976; Palmor and Shinnar, 1979; Shinnar, 1976; Rosen-
brock, 1974). A constraint can be put on the control effort
(Palmor and Shinnar, 1979; Palmor, 1980b; Shinnar, 1976),
which will have similar results, or a filter can be put on the
dead-time compensator or on G, that reduces the peaks in
|G,G.(jw)| for high frequencies. But these are mechanistic ap-
proaches. The control effort per se is not a major concern.

In process control the main cost related to the tevel of the
control effort is due to the steady-state control. And if it were
only the uncertainties of the parameters in G,q that were of
concern, one could try to measure them more accurately and
update the measurements by some adaptive procedure (Astrom
and Wittenmark, 1973). The next section therefore tries to deal
with the heart of the problem, namely the inaccuracy of the
model itself.

MODEL IDENTIFICATION IN CONTROLLER DESIGN: CONCEPT
OF “MODEL SPACE”

The fact that the design model. G,q, used for design is not
equal to the real model is a problem that also exists in conven-
tional controller design, in fact in most controller design prob-
lems in the process industry (Shinnar, 1978). It is often encoun-
tered without the engineer even being aware of it and dealt with
in an intuitive way. Shinnar (1978) introduced the concept of
“model space” as an attempt to formalize what a skilled designer
does intuitively.

Let us define the problem. In a chemical process the real
model G% is nonlinear, often complex, and inexactly known.
The degree to which it is accessible to identification and mathe-
matical formulation varies greatly from process to process. A
much more accurate model is possible for a bubble-tray distilla-
tion column or some heat exchangers than for a hydrocracker or
a fluid catalytic cracker. The complexity of the latter is not
simply a question of the mathematical model but rather a prob-
lem of identifying G%.

Shinnar (1978) discussed the fact that process models involve
two types of complexity. One is purely mathematical in the
sense that if the proper model becomes too complex, it must be
simplified to get any analytical solution or even to allow simula-
tion in a reasonable amount of computer time. Industrial pro-
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Figure 4. Bode Diagrams for G,(s), G .(s), and G,G{s)

cesses, especially in the chemical industry, possess a different
type of complexity. The proper model is unknown and proper
identification involves a large experimental effort. The real de-
scription of the system may also contain a large number of
constants and it is hard to simultaneously identify more than two
or three constants. An approximated simplified model, with a
small number of constants that can be identified, must therefore
suffice.

This does not mean that good experimental process identifica-
tion is not wanted. Good measurements of step responses and
frequency response (for example, Hougen, 1979) are extremely
valuable in constructing a process model. Often far too little
effort is spent on good identification. But though good identifica-
tion will lead to improved controller design, it does not mean
that G,q = G%, especially in nonlinear cases. In many design
problems and especially in control, the work required to get a
close fit between G% and G,4 often cannot be afforded. Fur-
thermore, in a nonlinear system G% itself is a function of many
other frequently unknown inputs and variables. If a design
method based on a linearization of G% is used, the linearized
version of G%, G,,, changes with operating conditions. The range
of these changes varies from problem to problem.

What is normally meant by saying that afunction G4 is a good
representation of G52 Assume that for a given system Gj is a
matrix function that relates the vector y to a vector u such that:

y = Giw) (18)

G,aq is a useful fit of G% if [|G,q(tr) — G*(u)|| is smaller than a
given value over a certain range of u. If this difference is very
small over all possible values of u, then for design purposes G,q
is identical to G%. This is seldom true for complex systems, and
we therefore have to be more specific. The range of u for which
we want a prediction and the precision of the prediction desired
both must be specified.

The concept of model space is based on the assumption that
for any given unknown G%, a set of models {G,4} can be found
such that:

“{Gpd(u)} - y” <E

where the values of y are the measurements of G%(u) for a wide
range of experimental values of 4, and E contains both the
experimental error and the deviation between G,q and G%. This
model space is a vaguely defined set, as the form and order of
{G .4} are not specified exactly. For a given G% there exists a
number of reasonable formulations of the set G,, that give
acceptable errors over a space u.

Proper formulation of G, depends on knowledge of the sys-
tem. In a system built of many known and cdearly defined
elements, such as servomechanisms, electronic filters, or even a
bubble-tower distillation column, the complexity is due to the
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accumulation of errors in the functions describing the individual
elements. In chemical reactors and many other process systems,
the complexity is in the nature of the nonlinear system itself.
The forms of the permissible function G, are limited mainly by
what is known about the system. Often a simpler G, is inten-
tionally chosen even though a more complex version could be
derived from process modeling.

Better identification of a complex system is equivalent to
narrowing the properties of the set {G,.q} that is consistent with
the experiments and increasing the space of u over which the
error of the prediction remains small. But very often the de-
signer cannot afford to identify G% that closely, as it is too
time-consuming and expensive. He must then ask himself what
properties of G% are really affecting the design.

Let us diverge for a moment to try to understand the relation
between G,q and G}, when conventional PI and PID controllers
are used. Consider for example a system in which G% is complex
butlinear and constant with time. If a PI controller isdesigned, a
complete description of the system is not needed. Let us go back
to the open-loop Bode diagram. I, for example, we know that
|G%(jo)| is monotonously decreasing for high values of ®, or
more exactly for all values of w greater than the first ®,,, thenfor
the purpose of stability we need only know G#%(w) in the fre-
quency range in the vicinity of w.,. The integral controller can
be designed such that the effect of the integral mode close to the
crossover frequency is minor.

Figure 4 gives as an example the open-loop Bode diagrams for
the process

e
Gul) =~ 19)
for the controller
Guls) = K,.(l + _1_> 20)
7§

and for G.G,(s).

Equation 19 has been suggested as a useful approximation for
all overdamped transfer functions in process control.

If G% itself is linear (or equal to G', in our definition) but
different from G, all that is required for the system to be as
stable as that designed for G, is that:

GL(jo)] < |Guaio)l 21
for all @ and
b, > biyy (22)

for all  for which |G,G (jw)| > 0.5.
Figure 5 gives, as an example, the Bode diagrams for three
different transfer functions that satisfy conditions (Eqs. 21 and

0- Gpg (s)*e=3 /(s +1)
b- Gp' (s)=.Be-.%/(.80+1)
~20.04 & 6p (s)me=-88/(1.25+))

3 . ! 3
= d-Gp (s)=1/(.3s +1)

—_ r N,

& L '\_‘

—_— i '\\

& Degrees

Figure 5. Bode Plots for Processes Satisfying Eqs. 21 and 22.
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22} if Gpals) is given by Eq. 19. At high frequencies Eq. 21 may
be relaxed such that |G ;(w)] does not have to be less than |G,¢{(w)|
but only

|Gh@)] = 0.5 |G(w)™! 23)

If the process possesses an overdamped transfer function a
function e™%(1 + 7s) can always be found that fulfills the criter-
ion. That can also be done from the step response by fitting it as
closely as possible by a linear transfer function, drawing the
Bode diagram, and then fitting it by a simpler design function
that fulfills criteria (Eqs. 21 and 22). Equivalent criteria could be
found directly for the response to a step function, but that is not
the concern in this paper. Actual design will be discussed in
follow-up papers. It should be pointed out, however, that the
reaction curve method proposed by Ziegler and Nichols (1949)
to fit Eq. 19 to experimental step responses does not guarantee a
fit for criteria (Eq. 21) and 22 and therefore can lead to unstable
designs (Kestenbaum et al., 1976).

Under certain conditions Eq. 21 may also be relaxed for low
frequencies. If Eq. 22 is fulfilled, for lowfrequencies |G ,(jw)| can
be larger than |G,4(jw)| and could be underdamped, Figure 6a.
On the other hand, cases where condition (Eq. 22) is not
satisfied at low frequencies must be treated with caution. An
example in which the phase lag has alocal minimum is shown in
Figure 6b. In such cases the integrator may cause instability
unless both Eqgs. 21 and 22 are fulfilled. Thus, for certain types
of transfer function all that must be known is the behavior near
the crossover frequency.

The original Ziegler and Nichols empirical tuning method
takes advantage of thisfact. For such cases, a PI controller can be
designed by just knowing the crossover frequency and the
amplitude ratio |G,(w)| at the crossover frequency. Both param-
eters can be directly determined experimentally by using a
proportional controller and increasing K. until the system starts
to become unstable, measuring both the critical value of K. and
the frequency of the oscillations. What is being done here is the
following. The proportional controller is adjusted such that it
fulfills criterion (Eq. 23), and 7, is chosen such that the integral
controller only affects the behavior of the Bode diagram at
frequencies safely below w,,. This procedure is always safe as
long as the phase lag in the Bode diagram does not look like
Figure 6b.

This procedure gives good setting for certain types of simple
systems, but it can be seen readily from Eqs. 21 and 22 why it
works and what the limitations are. Also, note that for a PI
controller this method does not require any information about
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G(s) for frequencies higher than the first cutoff frequency,
provided G(jw) decreases monotonously. The value of 7, in the
Ziegler-Nichols method is:

ko

T
W, X 0.6

The amplitude ratio due to the integral mode is thus
V(Twe,)* + 1(e,.,) ~ 1.02

The phase-lag contribution of the I mode is approximately
—10°. That is to say, the crossover frequency, w,,, is practically
unaffected by Ziegler-Nichols tuning for 7;. It was noted earlier
that there are cases for which tuning based solely on K, and w,
will not work. In general a design model, G4, based on a
reasonably good experimentally verified knowledge of G, (or
G#) will lead to superior results.

For PID controllers the case is more complex. The amplifica-
tion of an ideal derivative controller increases with frequency
and as a good knowledge of G (jw) at high values of w is lacking,
one could run intodifficulty. A way out of this difficulty istouse a
high-frequency filter for the derivative controller action. A lead
compensator of the form:

1+ 7ps

1 + (7p/y)s @24)

can be used. This type of compensator is common to electronic
controllers. By proper choice of y and 75 it can be assumed again
that the design does not require a knowledge of G} in the
highfrequency range, Figure 7. But note that a knowledge of
G, over a wider range of frequencies is needed than is the case
for the PI controller. The fact that a lead compensator reduces
the phase lag and thereby increases w., is helpful. If the
Ziegler-Nichols method for choosing 7 is used, some assump-
tions are again made about the slope of G,(w) at high frequen-
cies. By proper choice of y the range of frequencies can be
clearly defined, which requires a detailed knowledge of the
upper bound of |G (w)]. For values of @ much larger than 1/y, all
that is needed is that |G,(w)| be less than 0.5y/K.7p.

The fact that no information is needed about either the exact
phase lag or the amplitude ratio of G is very important, as such
information is extremely hard to obtain in any real process. The
advantage of a PI controller is that it requires such limited
information. When one says that very simple models are
sufficient to tune PI controllers, one really means that a PI
controller is sensitive only to certain properties of the transfer
function.

Now let us elaborate on Eqs. 21 and 22, both in their exact and
in their relaxed form for a nonlinear system. Assume that the

244

16, (jw) |db

sl L 6, (8)K, 1+ 715 +Tg0)/ (g1 D3+ 1]

P — -3l
60 # - 220

90"

Figure 7. Bode Plot of a PID Controller with High-Frequency Filter (K. =
1.58, r, = 1.8, 7, = 0.31)
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relation y = G%(u) is bounded and asymptotically stable in the
range of values of interest, such that y reaches a steady-state
value for any steady-state value of u.

The nonlinearity will express itself in several ways. First, the
form and magnitude of the response of y(t) to a step change in u(t)
will depend on the magnitude of such a step. Second, the
function y = G(u) will also depend on other inputs. The second
dependence can be expressed as adependence of G (1) on time,
provided the rate of changes in G, are slow compared with the
time scale of G(u) itself.

Let us first examine the case where the steady-state changes
but the perturbations in y and u are so small that linearization
around each steady state can be justified. For each steady state a
different G}, is obtained, and together these form a set G}’ For
each member in G/, a design function, Gjq can be found that
fulfills conditions of Egs. 21 and 22. In many cases the members
of the set will be very similar, with only the constants changing.
Then an overall design function G%, may be formulated so as to
fulfill conditions of Eqgs. 21 and 22 for the set G}, (and clearly for
G1). Satisfying these conditions will sometimes harm perform-
ance, but the designer often has a reasonable idea how much G,
changes.

Here, we are still in the domain of accepted classical control
theory. However, when the deviations in y and u from steady
state are large enough such that nonlinearities become impor-
tant, the case is more difficult. (An example is given in Figure 8
from Silverstein and Shinnar, 1977.) The fact that in such cases
controllers designed by linear process identification and design
methods perform very satisfactorily despite the strong non-
linearities of the system can be explained as follows. Let uslook
at a series of large control actions u(t) and the resulting trajec-
tories y(t). For an open-loop globally stable system a set of linear
functions G} that approximates each trajectory y(u,t) as:

y() = Giul®)

can be found. -~

Again, in many cases the set G}, will have very similar proper-
ties and can be approximated by a set G}, in which only the
constants change. This method is not a general one. The non-
linear system must have certain properties to allow a set G, to
be found that is a good approximation of the phase-space trajec-
tories of the nonlinear system.

Here, the cases are limited to those in which the nonlinear
system itself is stable. But even more important, the system
must have a natural dampening capacity for highHfrequency
inputs. This prevents the nonlinear system from generating
higher harmonics with alarge amplitude. Otherwise it would be
impossible to find a reasonable linear approximation for the real
response to a step input. Fortunately, thisisa property of many
chemical reactor and process units in which high-frequency
disturbances are damped by heat and mass-transfer processes. It
is not a general property of nonlinear systems. Generally, the
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approach discussed here is not used for reactors or units that lack
that property. For more complex cases linear design methods
will not surface.

Again, if we choose a G4 such that Eqs. 21 and 22 are fulfilled
for the set G4, then the controller will perform satisfactorily
over the whole space of 1 and y. For complex systems, satisfac-
tory performance is achievable only over alimited range of u and
y. There are obviously nonlinear systems for which even that is
not possible. But, in the chemical process industries, high fre-
quencies are normally damped, limiting the effect of higher
harmonics and often allowing the approximation of nonlinear
responses with pseudolinear trajectories. The latter is extremely
similar to, though slightly more general than the approach taken
by Rosenbrock (1974, p. 103), and we thus have a heuristic
criterion for the limitations of linear controller design for non-
linear systems. Consider, for example, a process similar to that
described in Figure 4, in which the throughput changes. This
variation will change the time parameters of the system, and
|GL(jw)| will move either to the right or left. The only concern is
decreases in w,,.

In very extreme cases such as reactors with multiple steady
states, even the sign of the steady-state gain of G ,(u) will change.
Good process modeling is helpful in pointing out the existence of
such possibilities; fortunately, they are not that common. For a
limited range of changes in operating conditions, G/, will vary
but in a reasonably predictable way. For example, changes in
throughput will change the time constants and the crossover
frequency. Again we can demand that G, is chosen such that all
forms and values of the set {G,}, which now includes both
changes in operating conditions and level of response, fulfill
Eqs. 21 and 22. The wider the possible changes in {G,} (or the
larger the set in model space), the worse will be the performance
of the controller compared with one designed for a single form of
G,

A worst Gpq can therefore be defined by measuring the re-
sponse at the highest throughput expected. A relation between
the critical values and throughput would also be attained and the
controller automatically adjusted accordingly.

The advantage of the PI controller is that Eqs. 21 and 22 are
one-sided and require minimum information with respect to the
phase angle.
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SENSITIVITY TO PARAMETER CHANGES IN G,

One standard method used to check the sensitivity of the
controller to changes in the transfer function is to choose a
specific G,,q and check the sensitivity of performance and stabil-
ity to relatively large changes in the parameters of G,,. For
example, if we choose the simple two-parameter function given
in Eq. 19, we can vary both 7 and 8 and get stability limits in 7
and 6. For a PID controller these limits are one-sided, Figure 9.
For a given specific controller, there is a relation between 7 and
6 such that for any given 8, 7 must be larger the 7y;,; and vice
versa, for a given 7 of the system, 8 must be less than 0,

Now let us remember that the real G, is not given by Eq. 19.
A reasonable sensitivity to parameters means that there is a
whole space of possible G}, different in order and form from G,
that is also stable with the controller designed for the nominal
process model. Conditions 21 and 22 specify this exactly. It is
easily seen that in this case there is a certain equivalence be-
tween parameter sensitivity and model sensitivity. However, if
the model is not accurate, it does not help that the parameters of
G, can be measured accurately, as this will not guarantee good
performance. A reasonably wide range of parameters of G, for
which the system is performing well will also ensure that this
type of controller will perform well over a wider range of transfer
functions if they are similar to G,4 in the range of frequencies for
which G, is not strongly damped.

For more complex controllers (or controllers that amplify
beyond the first @,,,), more detailed information of G}, is needed
than is in the first example. The dead-time compensator operat-
ing on an overdamped system is a good example.

It was noted earlier that with an unconstrained dead-time
compensator both |G ,(jw)| and |GG, (jo) have alarge number of
peaks at high frequencies for high gains, Figures 3aand 3b. If K.
in Eq. 7 or 8 is reduced, the number of peaks decreases. K K, is
reduced enough, all peaks (aside from peak at @ — 0, which is
due to the integral mode) will be eliminated. If the second peak
is reduced sufficiently below unity, the result is equivalent to a
PI controller. A function G4 can then be defined such that the
criteriagivenin Eqs. 21 and 22 guarantee stability for all transfer
functions that fulfill it. The dead-time compensator with K, =2
and the transfer function (Eq. 19) permit a set of transfer func-
tions for which criteria of Eqs. 21 and 22 guarantee stability.

However, the efficiency of the dead-time compensator is then
also reduced. It is clear that alarge number of peaks cannot be
allowed to occur at high frequencies, as there is no way the
required accuracy in G,q could be obtained. Even if it could be,
the fact that G, changes with operating conditions would make
such a close fit meaningless. The most that could be practically
afforded is one such peak. Figure 10 gives the frequency re-
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sponse G,G.(jo) of a PI plus DTC with K. = 3 designed for the
process specified by Equation (19). The peak reaches unity close
to ¢1;p(;,- = —2m.

To achieve a reasonable stability margin, transfer functions
can be allowed only for which |GG, ()| is 0.5 — 0.6 at any @
where ¢ = —(m + 2nm). Under these circumstances Eq. 22 is
not sufficient to guarantee stability, and Eq. 21 is still necessary
as an upper bound on |G,.G,(jw)| in the region of frequencies of
interest is needed. Condition 22 must be replaced by a more
stringent one. Thus ¢y, > &, ,, no longer ensures stability. For
example, if ¢ at w = 5 turns out to be —r, the system has no
stability margin, despite the fact that condition 22 is fulfilled.
Condition 22 must therefore be changed to a two-sided condi-
tion. A simple way to get such a condition in this case is to vary
the DT in the design model, G,4, in both directions.

A bounded region arrived at in this way is shown in Figure 10.
Thus, any G,(s), for which condition 21 holds and the phase
angle for w < 8falls between curve aand curve b in Figure 10 is
stable for the dead-time compensator. Curves ¢ and d in Figure
10 are the open-loop frequency responses, G.G,{jw), for the
controller (K. = 3), with each of the two models being used to
generate the region bounded by the phase-lag curves a and b.
Thus, the phase lags, ¢G G, for any G/(s) fulfilling the two-
sided criterion falls between the phase lags given by curves cand
d. I, in addition, condition 21 is satisfied, the overall design for
any G (s) will be stable with appropriate stability margins.

Note that more precise knowledge of G (w) for a wider range
of frequencies is required here compared with the PI controller
alone. A PID controller requires a more detailed knowledge of
the process than does a PI controller and the demands for more
information are even more extensive for the DTC. Note, too,
that there are other ways to constrain a DTC. If detailed infor-
mation is known about G for afrequency range beyond the first
peak, a higher peak could have been allowed and all subsequent
peaks cut off by means of a filter. The height of the peak that can
be allowed depends greatly on the quality of the information on
G*, and this quality varies highly from case to case. It also
depends on how much G, itself changes with time because of
changes in operating conditions. Remember that a far better
knowledge of G% and G, is needed that when a PI or PID
controller is used.

The stability analysis here is presented in given terms of the
Bode diagrams. It can also be given in terms of the Nyquist or
the inverse Nyquist diagram. (See, for example, Figure 11
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which is a replot of Figure 2b). We can now include in the
conventional Nyquist criterion (for open-loop stable system) a
practical additional requirement. The Nyquist plot G,G.(jw)
must stay inside the unit circle for all frequencies above the
range for which G, is not accurately known. Furthermore, this
means that for a practical control system, G,G {jw) must con-
verge toaregion inside a circle with a radius p where p <1and is
determined by safety criteria.
There are several questions that must be asked:

1. Is G, measurable with sufficient accuracy?

2. How much does G|, vary with nonlinearities and changes
in process throughput and other operating conditions?

3. How much improvement in performance can be obtained?

Figure 12a gives the response of the controller witha DTC toa
setpoint change for the exact model and compares it with the
response of a system using only a PID controller. The PI plus
DTC controller using K, = 2 gives afar better response than the
PID controller. This is important, as the controller with K. = 3 is
an improvement and is not that far from the performance of the
unconstrained controller (a delayed unit step), which is obvi-
ously not permissible.

One must also ask how much would the performance de-
teriorate if the transfer function changes or is different from the
one used in the design. Figure 12b gives additional several step
responses of the DTC for which G}, # G,4. All of the G, chosen
fulfill the criteria given for stability, and the response to a
set-point change is still significantly better than for a PID con-
troller. The range of permitted transfer functions is, however,
rather narrow for K. = 3 and much wider for K, = 2. The main
advantage of the dead-time compensator in this instance is a
smoother response with low overshoot. If one wants to tune the
PID controller with no overshoot, it would be significantly
slower.

On the other hand, if conventional criteria, such as rise time
or band width are used, the difference will be much smaller. The
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advantage will depend on the specific case and is not the main
subject of this paper. In Figure 12b the examples for G, # G,q
are for nonlinearities that express themselves in a change of the
parameters or the order of the linearized transfer function.
Figure 13a gives the response to a set-point change of a simple
nonlinear system: stirred tank reactor with a second-order reac-
tion and delayed input, which has the equation

T—th/— =ult — ) —y— kry? (25)
When linearized and transformed, this becomes
Tsy(s) = u(s)e™® — y(s) — 2kry,s(s) (26)
The linearized transfer function is
1
yls) 1 + 2kry, -0
u(s) T
14+ —
1 + 2kty,

fweset@=1,7=5,2k=4,u,=0.6and y = 0.2, 7/1 + 2kry,
= 1 and we get the same linearized transfer function as in Figure
12a, but with K,, = 1/5). Here, limits on the possible changes in
y. and y for set-point changes and operating conditions must be
specified.

If they are specified as 0.12 < y, < 0.28 and 0.10 < y < 0.30
they can be used to obtain a set of G},. It will be found thatfor the
G,q under discussion the controller chosen is stable for the set
G,. The response is given in Figure 13a for a set-point change
and is compared to that of the linear case. Again, we would have
to include a stability margin for changes in throughput. The
response in Figure 13a for KK, = 3 is satisfactory and the
controller with this gain and with the nonlinear system is not
more sensitive to inaccuracies in the estimated DT than with the
linear one as can be seen from Figure 13b.

Testing final designs by simulation using a nonlinear transfer
function is desirable for complex systems and can give valuable
insights about the sensitivity of the design. However, one
should remember that nonlinear transfer functions are also ap-
proximations. A very simple example was used here to illustrate
the basic principle that advanced design methods such as DTC
require better identification of the process model than conven-
tional controllers. Also, the quality of information required was
discussed. The same problem can be looked at in terms of
variations in parameter space.

y(t)

—--~ LINEARIZED SYSTEM
—— NON-LINEAR SYSTEM
K¢ Kp =3

0.301
0.28 1
0 264

0.24 +
022+
0.20
(o2 ]:]

0.30+4
0.28 1
0.26 1
0.24+
0.22+
0.20
ocl8r+

T
16

Figure 13. Step Responses of the Nonlinear and Linear Systems (Egs. 25
and 26) Controlled by the P/ + DTC a. Exact Parameters b. —20% Error in
the Estimated DT.

AIChE Journal (Vol. 27, No. 5)



. 4
+ ~+ + + J +

-8-6-4-2 0.2 4 6 81012 141618 20

S

4
« §
A (Kc)mﬂx.

T b

‘ ! 1 4 " } } 4

-8 -6 -4-2 0O 2 4 6 B 10 12 14 16 18 20

Figure 14. a. Maximum Gain as Function of Variations in Dead Time b.
Maximum Gain as Function of Throughput Variations

If the model is simple and, as here, has only two parameters,
the stability limits for a given controller can be drawn in the
plane 8 — 7. These limits are shown for various values of K, in
Figure 9. The stable region is more complex and narrower than
in the case of the PID controller. When K. = 2 the stability range
is wider than with a PID controller, whereas when K, = 10 the
range is complex and very narrow. Figures 14a and 14b present
those limits along two lines in the plane @ — 7. Figure 14a goes
along the coordinate 8 = 6/8; — 1, which is the relative change
in the dead time. It gives the permissible errors in 8, the DT (in
terms of B) for a given K,, or the maximum permissible K. if a
tolerance to a certain variability of 6 only is demanded. In
practice only half these ranges could be used to ensure reason-
able safe margins. As noted before, stability margins in terms of
gain or phase margins are meaningless here, but a margin in
has a definite meaning in terms of the sensitivity of the controller
to variations in the transfer function. The curve in Figure 14a has
a more general applicability. It applies to any G,, if the con-
troller is designed using Eq. 8 and therefore if Eq. 7 is used
instead) but K, has to be replaced by K.8. Note that the value K,
= 3 is the value for which the system becomes insensitive to
changes in 6.

But as a safety margin in the gain is also needed either K.0
must be reduced further or the method outlined earlier to make
sure that G, is sufficiently well defined in the region of  of
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interest. Figure 14b gives the result along the diagonal in the
plane 8/6, — 1, and 7/74 — 1. Thisdiagonal refers to simultaneous
changes in 6 and 7, designated by a parameter a given by a =
6/6, — 1 = 7/t — 1. Changes along this line approximately
described changes in G, due to variations in throughput. Al-
though the sensitivity of the system is symmetric for both posi-
tive and negative changes in 0, it is much mere sensitive to
negative changes in a, which is understandable if one looks at
Figure 3b. Changesin 8 move only the phaselag, and in this case
the symmetric sensitivity is due to the fact that the phase lag can
be moved either — or —3m to the frequency region of the first
peak. In cases of multiple peaks (K. > 3) the changes in 8 will
usually move the larger phase lags, —(2n + 1)7, to the frequen-
cies of the further peaks. Changing @ moves both the phase
angle and the frequency at which the peak occurs. A negative «
increases the range of frequencies for which |{G.G,(@)] can ex-
ceed unity.

Palmor and Shinnar (1979) have shown that curves like that in
Figures 14aand 14b can be used to ensure stable performance of
the controller. Those cases however, dealt with sampled data
control with infrequent sampling and showed that most transfer
functions can be approximated by a second-order model plus a
DT with a very small error, provided the sampling interval is
large enough. Here the case is different, as the model fit cannot
be improved in a similar way.

In some sense, checking parameter sensitivity is justified
here, too, since the parameters of G}, change with operating
conditions even if the structure of the model is valid. In a
broader sense, it has been shown here how reasonable insen-
sitivity to parameter variation also ensures a tolerance to a
deviation between G,y and G%. This is important because the
problem that G,, # G|, # G% exists simultaneously with the
problem of parameter variation. With a PI or PID controller
these problems can often be avoided because the model space is
wide and it is easy to formulate methods for choosing G,q such
that the design is robust. In the DTC it has been shown that the
choice was either to choose a robust design or to improve our
knowledge about G% such that an improved controller design
could be used.

The approach taken here also clearly delineates what preci-
sion in the model in the frequency domain is required for a
specific perfformance. The Bode diagram was used here since in
this kind of description it is easier to translate the information
about G, into physical models. It is a straightforward task to
translate these conditions into the polar plane.

SUMMARY AND CONCLUSIONS

The focus of this paper was to show a systematic approach to
advance controller design suitable for process control systems in
which the transfer function is normally more complex and hard-
er to define than in servomechanism or electronic system de-
sign. The approach was demonstrated by a very simple example
for didactic purposes. The basic principle examined is that in
advanced controller design for the chemical process industries
one cannot rely on conventional stability analysis to give a robust
controller design. Most modern algorithms guarantee stability if
the plant is exactly equal to the desired transfer function, but
they give little quantitative information about the stability mar-
gin when the real nonlinear plant deviates from the linearized
transfer function used. Gain and phase margins are valid and
useful criteria for PID controllers but insufficient or misleading
(if not properly interpreted) for more complex compensators.

The main reason for this problem is that to obtain good
performance most advanced design methods try to achieve the
equivalent of a inversion of the transfer function. This is a
sensible policy for design of the controller itself. What is needed
for successful design is a different approach to stability analysis.
Although the design presented here is based on the most likely
model of the plant, stability analysis has to include the con-
fidence limits of our knowledge about the real behavior of the
plant. Modern controller design therefore requires not only
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good identification but also a knowledge about the variability ot
plant conditions and an understanding about the uncertainties of
the process identification and the effect of nonlinearities. Both
the uncertainties in the model and the variability with time
change from case to case but are generally larger in process
industries than in servomechanisms.

An example was given to demonstrate some potential ap-
proaches to the general problem that allow a quantitative defini-
tion of both model uncertainty and plant variability. It was also
shown that for many cases one can find a suitable model in which
these two uncertainties can be defined by a suitable parameter
space for the basic model itself. The design will be made for the
most likely values of these parameters, but it should function
well for the whole parameter space. For other cases other defini-
tions of plant variability might be more useful.

Each design method has to be matched to an identification
method, and if one wants to use more advanced controller
designs successfully and safely, we have to understand the way
improved information leads to better design. Until recently,
controller design for process control was limited by the types of
controller available. Today, with microprocessors about any
complex control function can be designed at almost no penalty or
cost, and coupled with better process identification superior
performance will likely result.

Interactive graphics terminals allow complex functions to be
dealt with more easily than before. The problem is to derive
proper design methods. One possible approach to systemati-
cally evaluate the information required for design of dead-time
compensators was demonstrated. Fixed tuning prescriptions
were specifically avoided. There are quite a number of ways in
which the same goal can be achieved. What was wanted here
was to show a way in which the quality of the information
required about the process model can be evaluated systemati-
cally. Advanced controller design should be an iterative and
interactive process in terms of controller design and in terms of
system identification. In any good design procedure the cost of
obtaining additional information should be evaluated and com-
pared with the value of the improved dynamic performance
obtainable.

Most experienced designers do this intuitively based on their
experience. It is a challenge for academic engineering research
to attack this basic problem of design and to try to evaluate
systematically the value of increased information in design.

For example, the results about the PID controller presented
here show that in many cases the information required to design
a well-functioning PID controller is more limited than when a
dead-time compensator is used. In some cases the dead-time
compensator designed with proper process identification that
takes into account the variability of the process will result in
superior performance.

The concept of model space presented in this paper can be
used in a dual way, as a guide in thinking about the behavior of
the system and as a quantitative tool in system identification by
providing bounds on the accuracy of process model for specific
controllers.

In several previous papers the authors have commented on
the shortcomings of optimal control algorithms if inappropri-
ately used. Once their pitfalls are understood, they can be
powerful tools in suggesting improved algorithms. However, as
shown here, thev cannot be used as straight algorithms. They
must be tested and evaluated by methods that are outside the
algorithms themselves. This paper presented some of the rea-
sons and suggested a general approach to overcome these
difficulties. The approach is not limited to the DTC or other
optimal algorithms, but includes any complex control strategy
applied to imperfectly known processes.

APPENDIX

Proof is given here that the overall closed-loop svstem consisting of
the process (Eq. 1) and of the controller (Eq. 8) with any gain K. has a
gain margin (¢ m. ) larger than 2 and « phase margin (p. m.) of at least 60°.
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The open-loop transfer function of the system is

K.e% e 98
GG, s) = : = Al
o) s+ K. — K. s ‘ (a1
: 1+ e
K.

First, it is shown that Eq. A.1 s stable for any finite K.. The R H.P. of
the complex s plane is enclosed by a simple closed curve, ¢ (which, for
example, may consist of the imaginary axis jo = jIm(s), —* <w <=, 0 #
0, and a large semicircle s = Re™® where R — = and w2 < b < —m/2)
since Eq. A.1 has a pole at s = 0, this point is excluded from curve c.
Both 1 + s/K,. and ¢ are analytic in and on curve c. However, |1 + s/K.|
> 1 and je=®] = 1 for all s on c. That is, |1 + s/K.| > |e™®| on curve ¢.
Applying Rouche’ theorem, we immediately conclude that Eq. A1 is
stable. (Clearly, when K. — = all the poles of Eq. A. 1lie on the jo axis.)

To determine the stability properties of the closed loop, it therefore
suffices to examine the modified Nyquist plot, i.e., the mapping
G.G,(jw) in the G.G,(s) complex plane. Thus. replacing s in Eq. A.1 by
Jjo, we get

C,~(Im)
GG (jw) = =
1 4 je— — 70
17K,

e ~bwj

1 — Coso +j(_l°<i + sme«;)
(A.2)

Denoting the denominator of Eq. A.2 by D(je). this Equation may be
written
e HID*j)

G.Gjw) = W

{A.3)

where D*(jw) is the complex conjugate of D(jw). It can be easily verified
that

2

o 12
ID{jw)|? = 2(1 - Cosbo — < Sin@w) + e (A.4)
and that
Re{e ' D*(jw)} = —(1 — Cosfw — % Sin8m>
I o 1 o?
T i WY

| Im [Gespis]]
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\

-} P Re

602 /
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W

Figure 15. Points and Regions in the {G,G ,(s)} Plane lllustrating the Proof
in the Appendix
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Substitution of Egs. A.4 and A.5 into Eq. A.3 results in

. i (@*/K?) .
1 = PE——
R{G,Gyw)} = + B =3 (A.6)

Equation A.6 indicates that the Nyquist plot, G.G.(jw), avoids the
region Re{G.G,(s)} < — 1/2, Figure 15. This means that G.G,(jw) may
cross the negative real axis in the G.G,(s) plane to the right of —1/2 + jo
only. It is therefore evident that for any K. the closed-loop system is
stable with the g m. = 2.

Recall that the phase margin is the minimum amount of negative
phase shift that must be introduced to make the points on the Nyquist
plot having unit magnitude pass through —1 + jo. Since all Nyquist plots
are located to the right of the straight line Re{G.G,(s)} = ~ 1/2, Figure
15, the worst p. m. arises when the Nyquist plot passes through the point
Q in Figure 15. Hence, the p.m. = 60°.

For the infinite gain cases, Eq. A.6 reduces to

1
Re{G,G (jw)} = — _é‘ (A7)

The Nyquist plot is simply infinite times the straightline in Eq. A.7.
In the infinite gain cases, the closed-loop systems haveag.m =2and a
p.m. = 60°

NOTATIONS

e = error signal

DT = dead time

DTC = dead-time compensator

g m. = gain margin

G. = overall controller (G,, coupled with DTC) transfer
function

Gy = controller transfer function

G, = process transfer function

Goo = invertible part of G,

G% = true process transfer function

G, = linearization of G*%

Gua = process model used for design

{G,}; G,J; Gi = sets of linearized process models

K. = controller gain

n = disturbance

p.m. = phase margin

r = set point

$ = laplace operator

t = time

u = control action

Y = output

Greek Letters

o = relative change in throughput
B = relative change DT

] = dead time

64 = design value of ¢

T = time constant

Ty = design value of 7

7 = integral time

T» = derivative time

¢ = phase lag

w = frequency

Wy = phase crossover frequency
w, = gain crossover frequency
@, = frequency at infinite peaks
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